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ABSTRACT

A mathematical model has been developed 1o predict the combustion of liquid fuel in
fluidized bed. From the fluid-dynainic point of view, the model is based on the modified two-phase
theory of fluidization where the gas in the bed is assumed to have three phases, A jet-bubble phase
which is fuel rich bubbles formed at fuel feeding jet, a distributor-bubble phase which is fuel free
bubbles generated at distributor plate and an emulsion phase. Each phase has its composition and
exchanges masses with the others two ones.

The bubble is assumed to have a constant size throughout the bed. Gas mixing due 10
bubbles coalescence is taken into consideration based on an equivalent mass interchange coefficient
between the two-bubble phases. The coefficient has been derived based on bubble size growth and
probability of coalescence among jet and distributor bubbles.

Two-step fuel reaction has been applied. The fuel firstly reacts to carbon monoxide and
water vapor. In the second step, carbon monoxide reacts with oxygen to form carbon dioxide. Mass
balance differential equations have been derived for various reacting species (CyHy, O, CO, H,0
and CO3) in the three phases. The heavy liquid fuel has been considered as a base case whereas
gasoline and diesel fuel have been studied for comparison.

The numerical solution of the model yields the axial concentration profiles of different
gaseous species within the three phases. The in-bed fuel combustion has been estimated. The
relative importance of gas mixing due to bubble coalescence has been assessed. The influences of
different parameters on the combustion performance have been studied and discussed. Among the
later parameters, jet velocity has a major effect on combustion performance,

Experimental tests have been carried out to validate the model using a bubbling fluidized
bed combustor of 300 mm inner diameter. The comparison between the modet and experimental
results shows a good agreement, especially, at higher jet velocity.
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INTRODUCTION

Recently, fluidized bed combustion of
liquid fuels has received more attention: in
particular, heavy oil and refinery residues that
contain high level of sulfur content. Those
fuels can be reliably processed using fluidized
bed combustion thanks to its robustness,
flexibility and effectiveness [1], whilst
meeting environmental standards on pollutant
emissions, with particular concern to in sifu
desulphurization. Thanks to the optimization
of the operating conditions and a good design
of the fuel injection system, a wide range of
liquid fuels have been efficiently burned in
fluidized beds including acid tar, heavy fuei
oil, kerosene, pyrolysis oil, bitumen-based
emulsion, gas-oil and asphalt [2-7].

In earlier modeling work on fluidized
bed combustion of gaseous and liquid fuels, a
diffusion-based plume model was proposed by
Stubington and Davidson, [8] and Borodulya
et al. [9]. More recently, Miccio et al. {10-13]
have given a significant contribution for
modeling of combustion of liquid in FB. The
maodeling development has been centered on
the fate of rising fuel vapor bubble as a
consequence of reaction, mass and heat
transfer. A simplified  mode! for
desulphurization of heavy liquid fuel has been
proposed by Miccio and Okasha [14]. Okasha
and Miccio [15] have developed a model for
the interaction of the assisted-air-liquid fuel jet
with fluidized bed particles. The model can
predict the rate of liquid fuel evaporation
inside the jet flare. Moreover, the model can
be utilized to estimate the initial
concentrations of fuel vapor in bubble and
emulsion phases.

The objective of the present paper is
primarily to develop a mathematical mode! for
fluidized bed combustion of liquid fuel. The
model should have some advantages over the
models mentioned above, being a relatively
simple and dealing with three interacting
phases in a comprehensive way. Therefore,
the model pays equal attention for all the three
phases and doesn’t focus on a certain one as in
some models above [8-13]. Further, the model
integrates in its structure the prediction of a
sub-mode! [15] that fumnishes the initial

concentrations of fuel vapor in the phases.
The model simulation- provides the axial
profiles of different species in the three bed
phases. In this way, the mechanism of liquid
fuel combustion in fluidized bed has been
deeply explored by the analysis of the obtained
results.  Finally, the 1nodel results are
compared to experiments carried out in a pre-
pilot scale fluidized bed combustor.

NOMENCLATURE

An  bed cross section area, m°
Aj, orifice area of the injector, m’

C  molar concentration, kmole/m’, except in
egn 35, gmole/em’
. N N -
D molecular diffusion coefficient, m™/s
dy  bubble diameter, m
dy,, average bubble diameter, m
diameter of fluidization column, m
E  activation energy of reaction, kcal/gmole
EA Excess air factor

S relative  frequency of  coalescence

between the jet and the disiributor
bubble-phases

g acceleration of gravity, m/s”

Hen expanded bed height, m

Hmr bed height at minimum fluidization, m

Ky equivalent mass interchange coefficient
among all bubbles, s

K. coefficient mass interchange between
bubble and cloud-wake region, s

K,. coefficient mass interchange between
bubble and emulsion phase, s”

K., coefficient mass interchange between

emulsion phase and cloud-wake region, s™

Kepreaction rate  constant  of  carbon
monoxide

Ky reaction rate constant of fuel vapor

K j4 equivalent mass interchange coefficient
between distributor and jet-phases, s

M molecular weight, kg/kmole

my, air fed rate through the distributor, kg/s

m ;, mass rate of dispersing air fed through
jet, kg/s
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m j, mass rate of gases included in bubble-jet
phase, kg/s

m mass rate of liquid fuel fed inlo the bed
through the je1, kg/s

n;y frequency of jet bubbles, s

ng, frequency of distributor bubbles, s

R reaction rate, kmolef(mj.s)

Ry reaction rate of fuel vapor, eqn. 35,
gmole/(cm’ s)

R¢p reaction rate of carbon monoxide,
kinole/(m’.s)

R}, universal gas constant, kg/(kimole.K)

ripy mass ratio of liquid fuel vapor released
inside the jet flare

T  temperature, K

Ty  bed temperature, "C

! time, §

up  bubble rise velocity, m/s

Uy, rise velocity of mean bubble, m/s

up, tise velocity of single bubble, m/s

ue  superficial velocity of the gas through

the emulsion phase, m/s

dispersing air velocity, m/s

umr superficial gas velocity at minimum
fluidization conditions, my/s

U, superficial gas velocity, m/s

Vg, volumetric rate of gases included in
distributor-bubble phase, m'/s

Vi total volumetric rate of the two bubble
phases, m'/s

Vi volumetric rate of gases included in jet-
bubble phase, m'/s

v, a bubble volume, m

Vin Mean volume of the bubble through the

expanded bed, m’
Z  dimensionless height in the bed
z  height in the bed, m

Greek Symbols
€ns voidage fraction in the emulsion phase at

minimum fluidization
p, density of air at bed temperature, kg/m’

P40 density of air at nozzle temperature,

kg/m’.

é  fraction of bed in bubble
0,4, fraction of bed in thé distributor bubbles

&, fraction of bed in the jet bubbles

MODEL FORMULATION

The presemt model is based on the
modified two-phase theory of fluidization. The
gases in all bed phases including the emuision
phase are assumed to be in plug flow. The two
steps combustion mechanism has been applied.
The conservation equations of chemical
species are expressed in the three phases
considering chemical reactions, mass transfer
and bubbles coalescence. Five chemical
species {CiH,, Oz, CO, H;0 and CO,) are
taken into consideration.

Maodified Two Phase Model

According to the two-phase theory of
fluidization, the bed is assumed 10 be
comprised of two phases, a bubble phase and
emulsion phase. For the present application,
there are two types of bubbles based on the
source of generation. The first type is the
distributor bubbles formed by the air fed
through the distributor whereas the second one
is the jet bubble created at the pneumatic jet
feeding liquid fuel. The two bubbles are
different in initial composition. The jet
bubbles are usually fuel vapor rich whereas
distributor bubbles are imtially fuel vapor free.
Each type will be treated as independent
phase, therefore, the gas inside the bed will be
simply considered as three phases, namely,
emulsion phase, distributor-bubble phase and
jet-bubble phase, The three phases interchange
gases among each other.

Emulsion Phaxe

The superficial gas velocity through
the emulsion, w,, is given by the following

expression [16,17] instead of minimum
fluidization velocity. umr

(1, - um’r):’(uo ) =173 @)
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Jet Bubble Phase

A characteristic of a jet in fluilized bed
is the periodical bubble detachment. It is well
documented that not all the injected gases are
included within the jet bubbles [17.18]. The
percentage of injected gas that contributes in
forming bubbles has been estumated to be
54%-37% [19, 20]. Yates et al. [21] obtained
the percentages for Geldart AB particles as
36% and 79% at height of 10 cm and 25 ¢m,
respectively.

For the present model it is assumed
that 50% of the injected air and the fuel vapor
released inside the flare is converted into. jet
bubbies. The remaining half is assumed 10 leak
uniformly through the emulsion phase. The
mass rate, ;, and volumetric rate, Viis of

jet-bubble phase are given, respectively, by,
myp =0.5% (o + i) (2)
th=0.5*(mja+r_m,mf)/pa &)

where m , is the rate of dispersing air fed
through the jet calculated by

m Ajr}paouj (4)

ja =

where m, is the feeding rate of liquid fuel
and r;; is the mass fraction of fuel vapor

released inside the jet flare. The later one is
estimated using a model developed by Okasha
and Miccio [15]. Table 1 reports the ratio of
fuel vapor that is released inside the flare for
different fuels. A;, is the orifice area of the

injector, p,and p,, are the density of air at
bed temperature and at injection temperature,

respectively. u is the dispersing air velocity.

The bubble diameter is assumed to be
constant throughout the bed and equal to the
average bubble taking into account both of fed
air and liquid fuel vapor.

The frequency of jet bubbles, nips is

calculated as the ratio of the volumetric rate of
jet bubble to the average volume of the bubble

calculated on the base of the expanded bed
height, v, . )

7ip = ij/"'hm - (5)

Tabhle 1. ¥uel vapor fraction releascd inside the flare
as a function of infection conditions

u | AFR; | fraction of relcased vapor
| | inside the jet flare, 7jp,

m/s | [cavy | Diesel | Gasoline
; | Fuel
20 | 0466 | 0.034 | 0452 | 0,687
40 }__0‘932__ 0.248 | 0.774 | 0934
60 | 1398 | 0.485 | 0974 | 0.999
80 { 1.863 | (1L68S | 1,999 1.

100 | 2329 | 0.842 1 1.00 1.00
120 | 2.795 | 09237 100 | 100
40 | 326 | 0962 4 100 | 1007
|.160 ) 3.727 | 0.982 | 1.00 | 1.00
180 | 419 | 0999 | 1.00 | 1.00
300 | 4658 100 | 100 | 100

Distributor Bubble Phase

As recognized by Hilligardt and
Werther [16]; and Kunii and Levenspiel [17]

not all excess gas, u, — Uy, , passes through
the bed as observable bubbles. They reported
that about 65% of the excess gas flows as
bubble for Geldart B. The distributor-bubble
phase volumetric rate, ¥y, , is estimated to be:

Vigp = (1, — 1, }Ap — th (6)
The superficial velocity of gases, u,, is
calculated as

iy = {Myy +my, +m ) (Agp,) (N

where m, is the air feeding rate through the

distributor plate.
The frequency of distributor bubbles, #y, , is
given by

fap = de / Vi (8)
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Bubble Diameter

It is assumed that the two-bubble
phases have the same constant bubble size
through the bed height equal to the average
bubble size. The equation given by Cai et al.
[22] has been used to estimate the bubble
diameter, d}, .

Dy =0.38% H™ U~ U, )" ¢
exp[-0.25(U ~ Uy )? —0.1(U ~U,r)]  (9)

The average bubble diameter, dy,,, in the

whole bed is obtained by integrating the
equation along the expanded bed height.

By =021 Hfo.s - Umf)o'“ .
exp[~025(U ~ U,y ) = 0.1U ~ U )] (10)
Bubble Rise Velocity
The bubble rise velocity, ug, Iis
estimated by an equation due to Davidson and
Harrison [23]

tp =g - lipyp )+ tipy (i)

where 1, may estimated as proposed by Kunii
and Levenspiel [17]:

wupr = 0711(gDY 2 dp/de<0.125 (12)

Dy
oy

0.125<dp/d <0.6 (13)

uy, =[0.711(gD,)" 2 1*1 2exp(~1.49

up = 035(g0y)'"” dy/de>0.6  (t4)

Bed Expansion and Fraction of Bed in
Bubbles

For solids of Getdart B, the emulsien
phase voidage remains very close to £,/ , so

M. 63

that bed expansion arises entirely from the
volume occupied by bubbles, &, [24].i.e.,

(Hop = Hug Y Hep =8 (15)

where Hgn and M,y are the expanded bed
height and bed height at minimum fluidization,
respectively.

The total bubble flow can be written as

Vb = rjllb,},Ab = (N” - H(,)A;, (IG)

Combining between the above two equations,
the following expression can be obtained.

Hep - Hmf H, - H,

—5= (17)
Heh Yo

To estimate bed expansion and average bubble
size an iterative method is used to solve
equations 10 and 17. Accordingly, the velocity
of average size bubble, expanded bed height
and fraction of bed in bubbles can be
determined.

The fraction of distributor bubbles, J 4, and
jet bubbles in bed, & . can be given as:

Oup =Wyp 1Vy)0 (18)

8ip =V 1 V35 (19)

Muss Transfer between the Bubble and
Emulsion Phases

The wmass transfer coefficient between
bubble and emulsion phase is determined
using the correlations reported by Kunii and
Levenspiel [17].

(Y Kpo D=1/ Kp ) F(17K ) (20)
y 1/2 ,IM

Koo =452 45852 1)

Kee = 6.78(e,0 Duy /dp )2 (22)
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Mass Interchange between Distributor and
Jet Bubble Phases

It is well known that bubble size in
fluidized bed grows with height above the
distributor whereas the bubble frequency
decreases. This phenomenon is mainly
attributed to bubbles coalescence. Jet in
fluidized beds is another source of bubbles
other l|1an the gas distributor. Whenever
composijtions of the two bubbles types are
diﬁ'erenll, gas mixing due to codlescence
should have a significant effect on chemical
processeés. So it is important (o quantify gas
mixing due to the coalescence between the two
types of bubbles. In the following an approach
is proposed to deal with a typical case
established in fluidized bed combustors
burning liquid fuel fed by a pneumatic
injector.

In the present model it is assumed, thal
the bubble has a constant size through the bed,
and hence, the bubbles coalescence and the
consequent mixing of their constituents could
be missing. The gas mixing due to bubbles
coalescence, however, is taken into account by
converting the bubble growth into an
equivalent mass interchange rate between the
two types of bubbles while maintaining the
assumption of constant bubble size.

The volume of bubble with diameter o, at

height z is determined as:

vy = (/6)d; (23)
The change of bubble volume with height is
%”— = (n12)d} ‘Z’—z" (24)
Thf: rate of change in bubble volume can be
written as:

dvy, % dt 2 ddb
—* = (m/ D — 25
PR s )
] dz . - ,
Replacing Ewnh bubble rising velocity, ty,,

in the above equation

i,
d—:’ —(n/2)d} ‘d—z"u,, (26)

Dividing by volume of bubble, the rate of
bubble size increment based on a unit volume

is given as
dd
Ky =300 (27)
db dZ

K, may be considered as an equivalent mass

interchange coefficient among all bubbles that
is counterpart to the rate of gas mixing due to
bubble coalescence.

If it is assumed |that the coalescence
among all bubbles is eqLally likely, then the
refative frequency of coalescence among the
jet bubbles and the distributor bubbles 1o the
total frequency of bubblds coalescence can be
expressed as,

A Zngph ji
Jid = LB - (28)
(g + i Xy + Mip =)
where 1 =1 s Considering  the

assumption that the bed has a uniform bubble
size and using equationns 5 and 8, the above
expression may have the following form

P 2V V" (29)
Fit = =
WV i)V + V S0 V)

The equivalent rmass interchange
coefficient between distributor and jet bubbles

based on unit volume of all bubbles, Kjd may

given as

Kig =3 jalup/dy }ddy, /dz) (30)

Initial Conceniration of Fuel Vapor in
Phases

The study carried out on the pneumatic
feeding of liquid fuel in fluidized bed [15]
showed that fuel, partially or even totally,
evaporates inside the jet flare depending on
injection conditions and fuel type. According
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to the justification mentioned above it is
assumed that 50% of fed air and fuel vapor
released inside the jet flare are going to form
jet bubbles. The remaining part of air and fuel
vapor is assumed to leak uniformly through
the emulsion phase. Moreover, the part of fuel
reaches the jet boundaries in liquid state is
considered to evaporate uniformly through the
emulsion phase. As discussed below, the Liquid
fuel is assumed to release as hydrocarbon

(CeH ).
The distributor bubble is initiatly assumed to
be fuel vapor free, at distributor level.

Ceitydbo =0 (31)

The initial concentration of fuel vapor in jet-
bubble phase is given by:

Ty f
Mear, *mja +riam ) o]
(32}

Ceont,jbo=

The initiai concentration of fuel vapor in
emulsion phase is calculated as

mf(l-O.S*rJ-l,)
(M i, *u.* Ag)

Cettyen = (33)

Kinetics of Liquid Fuel Combustion

Seeking for simplicity, two-step fuel
reaction has been applied {25]. The fuel
primarily reacts to carbon monoxide and water
vapor. The rate of hydrocarbon conversion is
determined by an expression developed by
Westbrook and Dryer [26].

CoHy, +1U2(s+ y12)0y ~ xCO—ri;-HZ()

(34)
Rp = kelCeom, 1[Co,) (35)
where
kp = Aexp[-E/R,T] (36)

Three liquid fuels have been considered in
the present study. They are Gasoline, Diesel

and a heavy fucl that are simply represented by
n-octane, n-dodecane and n-heptadecane as
pure hydrocarbons. Table 2 reports their
correspending properties and constants.

In the second step carbon monoxide reacts
with oxygen to form carbon dioxide. The
expression developed by Howard et al. [27] is
used to calculate the rate of the latter reaction.

CO+(1/2)03 - COy (37)

. . . {2
Reo = keolCoollCraoConl (38)
where

ke =1.3.10" expf-15088/ 7] (39)
Table 2. Properties and constanis of the Tucls
fucl n- n- n-

actane | dodecane | heptane

formula C5”13 C[zl[zg C]?Il_{ﬁ

molecular 114.23 170.33 240.406

weight

bailing, temp., "C 126 216 302
a (.25 0.25 .25
h 1.5 1.5 1.5

A, gmulcﬁcm'[s 5.7¢007 [ 3.9¢10™ [ 2.3%10"
IZ. kcal/gmole 30 30 30

Fundamental Equations: Differential Species
Balances

When dealing with  combustion
kinetics, five species have been taken into
consideration that include released fuel vapor
as hydrocarbon, C H,, oxygen, O, water

vapor, H-Q, ¢arbon menoxide, CO and carbon

dioxide, CO;. Referring to Fig. 1 the mass

differential balances of the species have been

derived making the following assumptions:

" The bed has three phases: emulsion,
distributor-bubble and jet-bubbie

= (Gas is in plug flow in the three phases

* Gas interchange takes place among the three
phases

= The bubble size is uniform in the bed and
equal between jet and distributor-bubble
phase

= All the bubbles start traveling at the
distributor plate

* The three phases have uniform temperature,
namely bed temperature.
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* The fuel vapor releases in jet-bubble and in
emulsion-phase.

= CO oxidation rate {38-39) is reduced by a
factor 0.1 (Philippek et al., 1997) to account
for surface radical deactivation in emulsion
phase.

O ..1.6” 16

k'
F
L
A

T 1
K‘"ﬁ--r Ka L, o I £
:' ....._3[_
a1 et
L Ug Uy Lky Ue

air disinbutor plate

1. emulsion phase, 2.jet hubble phase, 3. distributor
bubhle phase
Fig. 1. Schematic of the model

In the differential equations, the vertical
position in the bed is made dimensionless
dividing by the expanded bed height,
Z=z/H,

Mass balance of species i in jet bubble phase,j,

dCy ; b
] {’ R
iz R

HepKpe o
[ ¢ ((’e‘ :
iy,

/
(J (Cd i
J

-Cii) (40)

Cin+

Mass balance of species i in distributor bubble
phase, d,

eh ebNdj *
i Heb (5 g, Coi=Cai)t
& ”b( ) ) (_,m dii)
H. K. .
ebZbe (CLi—Cy i) (4N
Hb

Mass balance of species i in emulsion phase, e,

U"Ce_r' _ Hci;ﬁ'ﬂgf(l—ﬁ) (ZRF)_FME@Q*
oz u H

¢ [N

Hopy Kped ; _
Coi)+- P ) (Cii—Coi) (42)

U,

(C‘n“.i -

tn the latter equations, the first terim of
the right hand side accounts for the sum of
generation and consumption of i component
due chemical reaction. The second term in Egs
40 and 41 represents the interchange of gas
between the two bubble phases due to bubble
coalescence. The remaining terms express the
exchange of gases between emulsion and the
two bubble phases.

Numerical Computations

Numerical  solution of the 15
differential equations (40-42) has been
realized using a fourth order Runge-Kutta
method. The calculations were carried out
using a Pentium [l PC. Since the beginning
the results clearly indicated that the variation
rates of species concentrations are very high
close to the distributor then decrease with bed
height. Therefore, the integration step has been
chosen very small in the lower part of bed and
then it is gradually increased with bed height.

RESULTS AND DISCUSSION

The proposed model developed above
has been solved to predict the axial variation
of species mole fraction along the bed height.
Moreover, the influences of different
parameters on the combustion processes have
been evaluated. A  comparison  with
experimental results is also given. An attention
is first given to the interchange of gases
between the two bubble phases due to their
coalescence. In the following discussion the
phase-averaged mole fraction is introduced as
the sum ot the moles of a certain species in the
three phases divided by the total moles of all
species.
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Gases Interchange hetween the Two Bubble
Phayes

The equivalent mass interchange
coefficient between distributor- and jet-bubble
phase, Kq, has been calculated and presenied
in Fig. 2 as a function of the height in the bed.
The coefficient has very high values close to
the distributor, ie. about 70 s'; then it
gradually decreases down 10 0.26 s at the bed
surface. This trend is consistent since the
growth rate of bubble size is higher in the
lower part of the bed. At Z=0.25, K|, takes a
value that is comparable to the mass transfer
coefficient between bubble and emuision
phases (i.e., around 1.0 s} under a base case
conditions, where u=80 wm/s, Ty=850 °C,
EA=i.1 and u,=1.0 m/s. Heavy fuel is
considered for the base case as fuel type.

a0

70

&0

50

40

Koo 1is

30

20

10

1]

1 E-08 1E-06 1 E-D4 1 E-D2 1.E+00
Heighl in bed above distrbulor, Z

Fig. 2. Equivalent interchange coefficient between
distributer- and jet-bubble phases

Axial Variation of Species Concentrations

along the Bed Height

The axial variations in species mole
fraction within the different phases have been
estimated using the developed model
discussed ecarlier. The obtained results are
illustrated in Figs 3 and 4. The results bave
been estimated for two cases, ic., éonsidering
and neglecting (K ;4 = 0) the inteychange of

gases between the two bubble-phases. The
comparison  between the two  cases
demonstrates the impact of K, on the model

results. The calculations are carried out under
the base case conditions.
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Figure 3.a shows the axial variation in
mole fraction of fuel vapor within the different
phases. As shown in 1he figure. the
concentrations of fuek vapor in the two bubble
phases immedrately drop close 1o zero when
considering K ,, denoted by black symbols. It

appears that the combustion processes in
bubble phases are under a chemical kinetic
control as the oxygen required for reaction is
available (see Fig. 3.¢c). The initial
concentration of fuel vapor in jet-bubble phase
15 very high (very rich mixiure): however, the
gas interchange due to bubbles coalescence is
so fast that it brings the concentrations in the
two bubble phases to the average one through
a very short distance. On the other side,
looking at to the emulsion phase profile with
symbo! of black circles, it is noted that a great
part of fuel vapor {about 90% under the
present  considered conditions)  oxidizes
through a small part of bed height, Z=0.1. As
shown in Fig. 3.c, along this distance, close 10
the distributor, O» in emulsion remains
available and the chemical kinetics stil)
controls the reaction. To this end, the oxygen
concentration falls to a very low value and the
reaction becomes under a mass transfer
control. Although the bubble phases are still
O, rich, the oxygen is transported with small
rate as the mass transfer between the emulsion
and the bubble phases is relatively slow.
Consequently, the rate of fuel conversion
greatly Jessens, and hence, a part of fuel vapor
in emulsion phase may navigate the bed
without conversion.

Alternatively, when neglecting the interchange
of pas belween the two-bubble phases
(K4 =0), the plots are referred by open

symbols. For first glance, it is recognized that
the highest impact meets the jet-bubble phase.
The reaction rate of fuel vapor inside the phase
greatly reduces due to the lack of oxygen. As
shown in Fig. 3.c, the oxygen in jet-bubble
phase is rapidly consumed as the imtial
mixture within the phase is highly rich with
fuel vapor, At Z=0.08, the rate of fuel
conversion greatly reduces o a constant value
as the mole fraction has a linear trend. In fact,
the process turns into mass transfer controlled
as it is mainly based on mass exchange
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{oxygen and fuel vapor) with the distributor-
bubble phase via the emuision phase.
Obviously, a great part of fuel vapor inside the
jet-bubble phase reaches the bed surface
without conversion. On the other hand, the
concentration of fuel vapor in emulsion phase
shghtly increases. This latter should be also
ascribed to the shortage of oxygen in jet-
bubble pbase. In fact, jet-bubble phase
becomes a sink rather than a source of oxygen
while it exchanges gases with the emulsion

phase and vice versa when considering fuel
vapor (see figures 3.a and 3.c). In Fig.s 4.a and
4.b, phase-averaged mole fraction of different
species has been presented as a function of
height above distributor. As shown in Fig, 4.4,
the phase-averaged mole fraction of fue! vapor
considerably increases when neglecting K ;. It

turns oul to be 0.0013 instead of 0.00008, i.e.,
it multiplies about 16 times.
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Figure 3.b illustrates the axial profiles
of mole fraction of the carbon monoxide in
different phases. It is obvious that the CO
concentration profile is characterized by a
maximum value since CO is generated due to
fuel vapor oxidation and subsequently
consumed as it oxidized to carbon dioxide.
The maximum is more pronounced in the two-
bubble phases when considering the gas
interchange between them. The results should
be attributed to the availability of oxygen, as
discussed above that intensifies the chemical
reaction. This latter is valid for oxidation of
fuel vapor before the peak and for reduction of
CO after it. On the other side, the
concentration of CO in emulsjon phase reaches
the maximum somewhat later. The rate of fue!
vapor conversion in emulsion phase is slightly
slower since the oxygen concentration is lower
than the average value in the two bubble-
phases (see Fig. 3.c). After the maximum, CO
concentration gradually diminishes due to the
reaction with the remaining portion of oxygen
as well as a part transferred from the two-
bubble phases. On the other side. a part of CO
is transported to the bubble phases due to the
concentration difference. Altogether, CO in
emulsion phase reaches the bed surface with a
mole fraction of about 0.018 that is
significantly higher than the corresponding
value of the two-bubble phases (about 0.0023).

n the case of neglecting the bubbles
coalescence i.e. Ky =0, the profile of CO in

einulsion phase is stilt almost the same (see the
two profiles of open and biack circle symbols
in Fig. 3.b). On the other side, the maximum
of CO concentration becomes less pronounced
m the two bubble phases, particularly, in
distributor-bubble phase. The results should
ascribe to the imbalanced initial mixing ratio
of oxygen and fuel vapor in the two bubble
phases while the mixing due to coalescence is
neglecled. In fact, the jet-bubble phase initiates
fuel very rich while the distributor phase is
fuel free. Under these conditions, the
conversion processes mainly turmn out mass
transfer controlled. Since the mass transfer is
slow, CO in jet-bubble phase reaches the bed
surface with high concentration. Consequently,
the phase-averaged mole fraction of CO at bed
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surface increases to about 0.0149 instead of
0.0093 when considering the gas inlerchange
between the two-bubble phases (sec Fig. 4.b).
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The axial profiles of H.O and CO-
concentration within the three phases are
plotted in  fgures 3.d and 3e CO;
concentrations have higher values in all phases
when considering K, contribution. H;O

concentrations exhibit a parallel similar trend
with the excepiion emulsion phase. In fact,
H.O is formed just in one step according to
Eq. 34, and hence its concentration rapidly
grows within the emulsion phase attaining a
maximum vaiue, and then reduces due {0 mass
exchange with other phases. Altogether, the
averaged-phase concentrations of CO: and

H20 increase when considering the K,

contribution, as shown in Fig. 4.b. This resuit
should be ascribed to the better mixing
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between combustibles and oxygen in the
different phases, in particular, in the two
bubble phases.

The above results indicate that the
bubbles coalescence phenomenon greatly
improves the in-bed combustion processes of
liquid fuels, in particular, in the two bubble
phases.

Influence of Fluidization Velocity

The influence of fluidization velocity,
i, on the phase-averaged mole fraction of
carbon monoxide is shown in Fig. 5. |t is
obvious that the peak value of CO is more
pronounced at lower fluidization velocity. The
lower fluidization velocity consents longer
time for fuel vapor reaction resulting in higher
concentration of CO. On the other side, the
decline of CO prefile is faster at lower u,
because of two reasons. First, the rate of
carbon monoxide oxidation to carbon dioxide
intengifies with the higher H,O concentration
(see Eq. 38). Second, the CO production rate
in this stage is lower since larger quantity of
fuel vapor is converted in the previous stage. [t
is also noted that the averaged-phase CO
concentration at the bed surface is greater at
higher  fluidization  velocity. Figure 6.a
confirms this result where the averaged-phase
CO concentration at the bed surface is given as
a function of  fluidization  velocity.
Additionally, Fig. 6.a shows that increasing
the jet velocity can counterbalance the
previously mentioned unfavorable result. At a
constant fluidization velocity, increasing jet
velocity better regulates the fuel distribution
between the emulsion and the bubble phases
(see table 3). As a consequence, being mixing
more effective, the reaction processes become
more intensive as the controlling step in the
overall combustion mechanism tends to shift
from mass transfer to oxidation kinetics.

Figure 6.b. presents the effect of
fluidization  velocity on  the average
concentrations of fuel vapor for different jet
velocity. The concentration of fuel vapor is
zero for jet velocities 120 and 160 mv/s over the
considered range of fluidization velocity. The
figure also illustrates that the higher
fluidization velocity results in increasing fuel

vapor concentration at bed surface. The impact
turns out to be lower at higher values of jet
velocity. The same justifications given for CO
trends should be valid for fuet vapor as well.
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Influence of Bed Temperature

The influence of bed temperature on
the phase-averaged mole fraction of fuel vapor
and carbon monoxide at the bed surface is
presented in figures 7.a and 7.b, respectively.
The results are plotted for different u;. In Fig.
7.a, the fuel vapor concentration at the bed
surface is zero for jet velocities 120 and 160
m/s over the considered range of bed
temperature. As discussed carlier, at higher jet
velocity, the fuel vapor is better distributed
between the emulsion and the two bubble
phases as reported in table 3 that enhances the
combustion processes. On the other side, at
lower jet velocity (i.e., u,=40 and 80 /s),
some fuel vapor reaches the bed surface
without conversion. Further, figure 7.a shows
that rising the bed temperature slightly
increases the fuel vapor concentration at bed
surface. On the contrary, CO concentration
diminishes with increasing bed temperature as
shown in figure 7.b. The reduction rate of CO
with temperature is significant in the lower
temperature range (i.e., less than 850 °C);
however, it becomes less relevant in the higher
temperature range.

As a whole, the in-bed combustion
significantly improves with bed temperature,
especially in the lower temperature range in
spite  of the increase of fuel vapor
concentration with Ty. This unexpected trend
could be explained with referring to Fig. 8
where the axial variations of phase-averaged
concentration of CO, O, and fuel vapor are
plotted for two different bed temperatures.
Figure 8.a shows that the peak of CO
concentration is steeper at higher bed
temperature, te. Ty=900 °C. The profile
indicates that both the formation and reduction
rates of carbon monoxide are greater at higher
bed temperature. On one side, as it is well
known, increasing the temperature intensifies
the fuel vapor reaction producing higher rates
of H,O and CQO. On the other side, the
conversion rate of carbon monoxide to CO,
intensifies for three reasons: increase of bed
temperature, increase of H,O concentration
and increases of CO concentration as well (see
Eq.38).  Correspondingly, the  oxygen
consumption rate increases with the bed

temperature, as shown in Fig. 8.b. The falling
in oxygen concentration- in the upper bed part
results in lessening the fuel vapor conversion
rate. Figure 8.¢c confirms this trend, ie.. the
drop in fuel vapor concentration at Ty= 900 °C
is relatively faster in the jower part of bed,
where Oa is still available and the temperature
has a higher impact on reaction rate. At a
certain height the O, concentration becomes so
low that its impact overcomes that of the
temperature, To this end, the fuel conversion
rate at T=800 “C turns out to be greater than
that at 900 °C since the corresponding phase-
averaged O concentration remains higher.
This is demonstrated by the crossing point that
the profiles of phase-averaged concentrations
of fuel vapor exhibit at Z=0.2 in Fig. 8.c. As a
consequence, the fuel vapor concentration at
higher temperature terminates at the bed
surface with a greater vajue.
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Influence of Excess Air

The influence of excess air on the
combustion of liquid fuel inside the bed has
been estimated and presented in figures 9.a
and 9.b. Increasing excess air reduces the
phase-averaged mole fraction of fuel vapor at
bed surface as shown in figure 9.a. The

concentrations still diminish with higher jet
velocity. The fuel vapor completely disappears
for the jet velocities 120 and 160 m/s over the
considered excess air range.

0.1
00e [-. P uj=40 m's

0.08 . —_—j=120 s
0.07 | —u=160 ms
.06 T
D05 o
0.04 :
0.03

fual vapour mola fraction, %

0.02
0.0

1 105 11 115 12
Excess air faclor

(a)

CO mole frachion, *»

u, (2 mis

1}

1 105 11 115 12

lxcess A4 lacuo
(h)
Fig. 9. influcnce of excess air on phasc-averaged
concentration of fuel vapor and CO atl bed
surface lor different jet velocitics

Figure 9.b shows the average concentration of
carbon monoxide at the bed surface as a
function of excess air and jet velocity. As it
may be expected the concentration of carbon
monoxide decreases with excess air increase.
The impact of excess air is high at higher jet
velocities {120, 160 m/s}. As documented by
the data in table 3, the fuel vapor and oxygen
are more segregated among the emulsion and
the bubbles at lower u, whereas they are
initially better distributed among the phases at
higher u. Thus, the overall combustion
mechanism becomes less dependent on mass
transfer control. Therefore, increasing excess
air greatly improves in-the bed burning of CO.
At excess air greater than 1.15, the effect
becomes minor, On the other side, in the case
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of smaller jet velocity, increasing excess air
has slight effect on carbon monoxide
concentration. The mass transfer has a more
significant role since the fuel vapor is initially
more concentrated at emulsion phase. At
moderate u,, the influence is modetate along
the whole range of excess air. |

Tah. 3. Initial and final concentrativas of;l'ucl vanor
(CH,}and oxygen (O;)
(EAFLD, u,=1.0 m/s, Ty=850 °C & Heayy l'ucl)

_ Average of the two bubble lrh_e!_ssif__ _
Specles | CMyppm [ Opppm
u, m/s | initial [ final [ initial | final
40 | 1690 | ¢ 207081 | 52078
__BO | 4669 | 0 | 201898 || 26640
1200 | 6292 | 0 | 199075 || 13020
160 6694 | 0 198376 9394
| Emuision phase |
40 | 14796 [ 2061 |'184278 [ 3356
0| 1105 | 765 | 190699 | 1562
120 | 9095 | 1.8 | 194197 | 481
T 160 8597 0 195064 | 559

At excess air factor equals t (the
stoichiometric ratio), the results seem to be
confusing as the concentration of CQ increases
with jet velocity then decreases again at
u;=160 m/s as shown Fig. 9.b. These confusing
results may be explained based on initial
concentrations within the three phases. At
smallest jet velocity (i.e. 40 mys), the mass of
fuel vapor inside the jet bubble-phase is small
because the released fraction of fuel vapor
within the jet flare, rifo» 1s small (see table 1).

The bulk of fuel vapor is released inside the
emulsion phase. Consequently, the initial fuel-
to-oxygen ratio in emulsion phase is: very high
{(see table 3). Thus a considerable part of
oxygen and fuet vapor should be ¢xchanged
with the bubble phases to complete the
combustion, i.c., the combustion |processes
mainly turn into mass transfer controtled.
Since the mass transfer is not high enough, a
considerable part of fuel vapor crosses the bed
without reaction (see the final concentration in
emulsion phase, table 3). Rising jet air velocity
(u;) increases the fraction of fuel vapor
released inside the flare, and hence, the

average initial concentration of fuel vapor in
the two bubble phases (see Tables 1 and 3). As
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repocted 1n table 3 the initial fuel-10-0oxygen
ratio in emulsion phase reduces; however, the
mixture is still fuel rich. The raie of fuel vapor
oxidation in  emulsion phase increases
resulting in higher production rate of carbon
monoxide. Since the available oxygen is still
not sufficient to burn the produced CO. the
final result is higher cancentration of carbon
monoxide and a lower . concentration of fuel
vapor (see Fig. 9.a and 9.b). These are the
cases of jet velocities u=80 and 120 mvs. In
the case ui=160 m/s, the initial fuel to oxygen
ratio in emulsion phase decreases to such an
exlent that fuel vapor conversion is completely
carried out. Additionally, a considerable part
of carbon monoxide burns to carbon dioxide as
well. Thus the final concentration of carbon
monoxide turns out to be lower.

Liquid Fuel Tppe

Three different types of petroleum
liquid fuel have béen studied by the modet.
They are heavy fuel, diesel and gasotine.
Figure 10 shows the axial profiles of CO
phase-averaged mole fraction along the bed
height. The peaks of carbon monoxide
concentration are more pronounced in the
cases of gasoline and diesel fuels when
compared to the heavy fuel. Moreover, the
concentration of CO at the bed surface is
considerably lower in the case of gasoline and
diesel. This trend should be attributed to the
better initial fuel distribution between the
emulsion and the bubble phases in the case of
gasoline and diesel fuels at the same jet
velocity. At u= 80 m/s, almost all the injected
gasoline and diesel evaporate inside the flare,
as the mass fraction of liquid fuel vapor
released inside the jet r;, =1 as reported in

table 1. Alternatively, the fraction of
evaporaied heavy fuel is only 0.69 under the
same conditions. Increasing r;; multiplies

the fuel vapor content in jet bubble phase (see
Eq. 2), which should be oxygen-rich thanks to
the fast mass interchange with the distributor
bubble phase. Additionally, the carbon
monoxide reaction rates are more intensive in
the case of gasoline and diese! due to the
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higher concentration of H,O and the better
distribution of O;.

Figures 1l.a and 11L.b present the
influence of jet velocity on the phase-averaged
mole fraction of fuel vapor and carbon
monoxide at the bed surface for the different
fuels. The fuel wvapor conversion totally
completes inside the bed at lower jet velocity
(< 40 m/s) in the case of gasoline and diesel
fuel. On the other hand, in the case of heavy
fuel vapor concentration, which has significant
higher values under the same conditions,
gradually diminishes with increasing jet
velocity reaching zero at u=100 m/s:
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CO mole frackon %)
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Fig. 10, Axial phase-averaged conceatration profile
of CQ for different fuel types
(u;=80 m/s, u,=1.0 m/s, Tp=850°C and LA=1.1)

The carbon monoxide concentration is
lower for lighter fuel, as shown in Fig. 1i.b.
With increasing jet velocity, CO concentration
rapidly falls to a low value then levels off] in
the case of gasoline and diesel. For the heavy
fuel, initially the fuel vapor slowly reduces
with jet velocity increase up to u=80 m/s then
the concentration rapidly decays to nearly the
same lower value then levels off, as well, at
u=170 m/s.

It is worth noting that the axial
concentration profiles of carbon monoxide for
gasoline and diesel are coincident in Fig. 10.
The reported data in table | show that the
fractionr s, =1.0, at jet velocity 80 mys, for

the both fuels. Accordingly, the initial
concentrations of the phases should be the
same for the both fuels. The matching
between the two profites indicates that the
model is less dependent on the chemical

kinetic. It is appears that chemical reaction is
extremely fast when ~compared (0 mass
transfer. Figures 11.a and 11.b confirm this
conclusion where the gasoline and diesel
profiles are coincident at u=50 m/s as the
fraction of evaporated vapor inside the jet flare
{(r;n) are almost the same. At very high jet

velocity (i.e. u=t70 m/s), the profiles of the
three fuel types become coincident including
the heavy fuel as it completely evaporates
inside the flare (r;5, = 1) as reported in table |.

Altogether, these results imply that the
combustion processes inside the bed are
mainly mass transfer controlled. From this
point of view, it may be stated that the
assumption of uniform temperature in all
phases has a minor impact on the model
results,
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Comparison with Experimental Results

Steady-state combustion tests have
been carried out in an atmospheric bubbling
fluidized bed furnace having an inner diameter
of 300 mm and a total height of 3300 mm.
Details of the apparatus can be found
elsewhere (Okasha et. al, 2003). The liquid
fuel 1s introduced at the bottom of the bed by
means of an injector, which is vertically
mounted at the centerline of the distributor.
The liquid fuel is dispersed into the fluidized
bed in radial direction via eight nozzles
located at 7 c¢cm above the distributor, The
nozzles are regularly distributed along the
circumference of a 2 cm OD injector with shiit
angle of 45”. Four of the nozzles discharge in a
direction inclined 5° down to horizon whereas
the others discharge 30° down to horizon.
Silica sand with a narrow size distribution
{0.5-0.8 mm} is used as bed material,

The used fuel is a heavy oil (Egyptian
mazut), having no oxygen and around 3.2% of
sulfur content. [ts properties are reported in
Tab. 4. The carbon content of the fuel is nearly
the same as the model fuel, n-heptane, about
85% on mass basis. The hydrogen content is
somewhat less than the model fuel. The
fluidization velocity and the bed temperature
are fixed at 1.0 /s and 850°C, respectively.

Tabic 4. Maxut fuel propertics
I'kysical properties

S

Densily {at 15.5 °C), kg/m” 946.1
Moisture content, % by volume 0.2

High heating valug, kealtkg 10338

Low hcating value, keal/kg 9750

Elemcntal Analysis, (dry, mass basis)

Carbon, % 84.8
Hydrogen, % 11.6
Sulfur, % 3.2
Ashes 0.t

Design of Experimentul Test

A rigorous validation of the model
should require measurements of the axial
concentration profiles along the bed height that
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is not possible to be carried out using the
current available facility. Instead, the tests are
designed  to  measwre  the  average
concentrations close to the bed surface. The
static bed height is chosen 10 be 40 cm that
expands to about 60 ¢m wunder the chosen
operating conditions, The sampling probe of
gas analyzer is inserted through an opening in
fluidization column found at 60 cm above the
distributor close to the expanded bed surface.
The probe is movable in radial direction for
sampling at different radial positions to have
an average value close to the expanded bed
surface. The probe position is also verified by
direct observation through a glass window.
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The measured results have been plotted
in figures 11.b and 12 with model results for
comparison. The figures report the average
concentration of CO, CO; and O; at the outle
of the expanded bed. it is noted that there is a
good agreement between the experimental and
the model results, in particular, at higher jet
velocity. The deviation at smaller jet velocity,
where the model overestimales the in-bed
combustion, could be ascribed to some
different reasons. First the model assumes that
jet fuel feeding is at very beginning whereas it
is actually at about 7 cin above the distributor.
However, this shortcoming is partially
recovered at higher jet velocity due longer jet
penetration with down inclination. The second
reason could be that the model overrates the
pas interchange coefficient between the jet and
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distributor  bubble phases. The latter s
particularly more significant at the lower jel
velocities as the fuel vapor is improperly
distributed among the different phases, and mn
addition, the rate of jet bubble phasc is lower.
Under these conditions the mass exchange
among phases plays the dominant role vs.
chemical reaction, On the other hand at higher
jet velocity, the fuel vapor is betier distributed
among the phases and the rate of jet bubble
phase is higher. Accordingly, the gas
interchange turns into (o be less important.
Moreover, the longer jet penetration with
higher jet velocity should improve the gas
mixing at the lower bed zone.

CONCLUSION

A mathematical model that simulates
the combustion of liquid fuel in bubbling
fluidized bed has been developed. The model
is based on the modified two-phase theory of
fluidization that regards the bed as three
phases: an emulsion phase and two-bubble
phases. Two-step fuel reaction has been
applied. According to the obtained results the
following conclusions may be drawn.
= A new approach is introduced to substitute

the gas mixing due to bubbles coalescence
with an interchange rate while maintaining
the assumption of constant bubble size for
simplification.  An  equivalent  mass
interchange coefficient is derived based on
the growth of bubble size and the probability
of coalescence between the jet and
distributor bubbles. The relative importance
of this coefficient has been evaluated.

e The developed model is able to predict the
axial variations in species concentration
inside the different phases. The model takes
into consideration the chemical reaction in
each phase and the interchange of gases
among each others. The obtained results
showed that the concentrations in the two
bubble phases become almost the same in a
short distance due to the high estimated mass
inierchange between the two-bubble phases.
The in-bed combustion of fuel included in
jet-bubble phase is greatly enhanced thanks
to bubbles coalescence.

The influences of different parameters on
combustion performance have been assessed.
The jet wvelocity has a major effect.
Increasing jet velocity significantly improves
the in-bed combustion thanks to the better
distribution of fuel vapor among the three
phases. The in-bed combustion enhances
with excess air, but on the contrary, it
reduces with fluidization velocity. The
lighter fuel is burned more efficiently inside
the bed than the heavier one under the same
moderate injection conditions.

The results indicate that the combustion
processes inside the bed are mainly mass
transfer control. From this point of view, it
may be stated that the assumption of uniform
temperature has a minor impact on the model
results.

The comparison between the model and
experimental results shows a good
agreement, especially at the higher jet
velocities.

The model results yield highly efficient in-
bed combustion (h.e. low concentrations of
fuel vapor and CO at the bed surface} when
the fuel is initially well distributed between
the emulsion and the jet bubble phase. In the
experimental work the liquid fuel was
injected by eight nozzles that should result in
well distributed fuel over the bed cross
sectional area as well. This looks a
confirmation that an even distribution of
injected liquid fuel inside the bed is the most
important factor for highly efficient in-bed
combustion,
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